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Abstract

Two commercial scale ethyl lactate (L1E) production processes are studied in the
work. The L1E processes can be divided into the reaction part and the separation section.
For the reaction part, instead of the three-column design presented by Miller et al', the
proposed configuration only contains two reactive distillation (RD) columns, where the
LiE product is taken from the first RD column as a sidedraw. This novel improvement
can reduce 22.26% of energy consumption in the reaction part. Additionally, disparate
separation approaches such as extractive distillation (ED) and the pervaporation (PV) are
then implemented to deal with the ethanol/water azeotrope. Economics for alternative
configurations are analyzed to find the most competitive and cost-effective process. As a
result, the RD with PV design can save at least 31.47% of total annual cost compared to

the RD with ED configuration.

Keywords: Ethyl Lactate; Process design; Reactive distillation; Extractive distillation;

Pervaporation.
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1. Introduction
1.1. Review of ethyl lactate

Ethyl lactate is a common solvent in chemical industry. The identity of this solvent
is that it holds promise as a biodegradable and nontoxic replacement for petroleum-based
solvents such as chlorofluorocarbons, methylene chloride, ethylene glycol ethers and
chloroform that have long dominated world markets. Besides, the application of this green
solvent ranges widely from coating, food, perfumery, polyurethane and pharmaceutical
industry to some specific usages, for example, paint stripper and graffiti remover.? Table
1-1 lists the major advantages of ethyl lactate.?

From the economic point of view, the potential global ethyl lactate market value will
rise continually to one billion US dollars in 2019.> However, the market price of ethyl
lactate is almost two times higher than those traditional solvents.* This can be categorized
by two reasons. Firstly, no synthetic ethyl lactate is on the market currently, which means
both reactants, ethanol (EtOH) and lactic acid (L1) are derived from an expensive natural-
based feedstock. Secondly, the cost of separation and purification of the process has been
estimated to account for half of the total cost. Therefore, improvements are needed in the
process of producing ethyl lactate.?>

Ethyl lactate is usually produced through the main esterification reaction of ethanol

and lactic acid. However, a key issue is that when the reactant concentration of lactic acid

doi:10.6342/N'TU201802026



is higher than 20 wt%, several types of oligomer will appear, namely dilactic acid (L»),
trilactic acid (L3), and their ester (L2E, L3E). All possible reaction routes are listed in

Table 1-2.° Consequently, process design definitely becomes more challenging.

doi:10.6342/N'TU201802026



Table 1-1 The major advantages of ethyl lactate?

Ethyl Lactate Benefits

100% Biodegradable Renewable — made from corn and other

carbohydrates

FDA" approved as a flavour additive EPA* approved SNAP solvent*

Non carcinogenic Non corrosive

Great penetration characteristics Stable in solvent formulations until exposed
to water

Rinses easily with water High solvency power for resins, polymers and
dyes

High boiling point Easy and inexpensive to recycle

Low VOC Not an ozone depleting chemical

Low vapor pressure Not a hazardous air pollutant

U S Food and Drug Administration
*U.S. Environmental Protection Agency

*Significant New Alternatives Policy

doi:10.6342/N'TU201802026



Table 1-2 All possible reactions routes of ethyl lactate system®

Main reaction L, + EtOH = L,E + H,0 (D)
Oligomeric side reaction (a) Li+L,=L,+H,0 (2)
Oligomeric side reaction (b) L,+ L, =L;+H,0 3)
Esterification of L L, + EtOH = L,E + H,0 4)
Esterification of L3 L; + EtOH = L3E + H,0 (5)
Transesterification of L,E L,E + EtOH = 2L E (6)
Transesterification of L3E (a) L;E + 2EtOH = 3L,E (7)
Transesterification of L3E (b) L;E + EtOH = L E + L,E (8)

doi:10.6342/N'TU201802026



1.2. Review of reactive distillation

Reactive Distillation (RD) is a technique which combines reaction and separation
sections into a single unit thus can highly reduce the capital cost. Figure 1.1 depicts a
typical reactive distillation column. In the figure, the column can be divided into three
sections, the rectifying section, the reactive section, and the stripping section. In order to
trigger the reaction in the column, different types of catalysts are being added. Taking an
esterification reaction, A + B = C + D as an example. Two reactants, A and B are fed
into the column based on the relative volatility. To be more specific, A and B represents
the light and heavy components, respectively. Meanwhile, based on the Le Chatelier’s
Principle, high conversion and selectivity can be achieved by shifting the chemical
equilibrium boundaries. Therefore, the light product, C, can be obtained from the top. On
the other hand, the heavy product, D, comes out in the bottom.

Doerty and Buzard summarized the benefits of applying reactive distillation’:
(1) Since the operation is continuously, by Le Chatelier’s Principle, the system possesses
a tendency of driving the reaction to the product side.
(2) The requirement of reactant concentration in a reactive distillation column is less strict
compared to traditional reactor since the products are separated continuously.
(3) The energy input can be reduced if the reaction is an exothermic one.

(4) Through the combination of the reactor and distillation unit in a single instrument, the

5
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capital cost can decrease in effective amount.

(5) Conquer the limitation of the azeotrope in the system, which provides the advantage

of an easier separation method.

The most common application of reactive distillation is the equilibrium reaction.

Among them, the esterification reaction bears a high potential because esters have a wide

range of applications in the industry. For example, compared with the traditional

production route, one can save the cost up to 1/4 by utilizing reactive distillation for the

production of ethyl acetate.

Despite the fact that reactive distillation provides a better choice by undergoing

reaction and separation in a single unit, energy cost would still be relatively high while

encountering a more complicated system. As a result, some hybrid systems are being

proposed to tackle the situation. The literature study of other separation methods will be

discussed in section 1.3 and section 1.4.
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Figure 1-1 Typical reactive distillation column
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1.1. Review of extractive distillation

Extractive distillation (ED) is a common method for breaking azeotrope. To
successfully extract the component from the azeotrope, adding an additional amount of
non-volatile agent, which called entrainer to the system is necessary. By altering the
relative volatility, one can separate the desired product from the azeotropic mixture
easily.® Figure 1.2 illustrates the typical arrangement of extractive distillation. In the
figure, A+B represents the azeotrope to be separated and E is the entrainer added the
system. Secondly, C1 is the extractive column to extract the target component, B; C2 is
the entrainer recovery column. Normally speaking, the entrainer, E, has a higher boiling
point than either A, B or A+B. Therefore, E+B and E would come out from the bottom of
C1 and C2, respectively. For the propose of saving material cost, recycling of the entrainer
from C2 is necessary. Since the entrainer will lose in trace amount from the system, a
make-up of E should be added to maintain the overall mass balance.

There are several advantages through ED. Neither heterogeneous liquid-liquid
equilibrium nor distillation boundaries are formed while introducing the entrainer. Due to
the complexity of different types of azeotrope, there are many kinds of entrainer being
studied to tackle with corresponding process. Weiss and Herfurth reported a paper on
using ethylene glycol as a solvent for EtOH/H,O system.’ Pinto et al. disclosed an idea

about saline extractive distillation. In the study, compared to traditional process

8
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(extractive and azeotropic distillation), four saline agents performed well in the case of
obtaining anhydrous EtOH from fermentation broth.'® Lynn and Hanson provided an
uncommon process that combining extractive distillation and multi-effect evaporation. In
the study, the steam consumption only took 0.94-1.47 kg per kg of EtOH product.!! Arifin
and Chien proposed using dimethyl sulfoxide as an entrainer to isopropyl alcohol
dehydration process. While comparing with the heterogeneous azeotropic distillation, ED

saves about 32.7% of TAC and 30.3% of steam cost.'?

:
l

A+B

E+B

Figure 1-2 Typical configuration of extractive distillation
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1.2. Review of pervaporation

In the current world, the idea of using energy wisely gains attention progressively.
Meaning that further intensification on current processes is required. Hence, there are
more and more researchers focusing on either the modification of existing processes or
the development of new processes. Among them, membrane technology has been
considered to be the most potential candidate. To illustrate, membrane holds various
advantages. For example, it can be treated as an effective technique for separation because
it 1s not limited by the volatility of components. Moreover, membrane unit normally
requires lower energy consumption than conventional methods. Other physical properties
such as high selectivity, compact and modular design are also the merits that attracting
more and more value in recent years. There are numerous types of membrane.
Pervaporation (PV) which firstly named by Kober in 1917'3 is one of the most promising
alternatives among them. It refers to a process that one or more components in fluid
mixture permeate through a dense membrane selectively. Despite the fact that membrane
holds plenty of advantages, it still has some limitations when it comes to practical
application. This is because the high capital cost and low capacity usually hinder the
industry to use single membrane module directly. As a result, the most general way is to
combine PV with other conventional configurations, which called PV-based hybrid

process. The hybrid process provides fascinating benefits over the conventional one. One

10
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of the pioneers studying PV-based hybrid processes was Lipnizki et al.'*

They give an
overview of the applications, designs, and economics of the process. Since then, more
and more literature that discuss the hybrid process were published. Furthermore, the
integration of pervaporation with traditional esterification process is the most attractive
issue among them. With constantly removing water from the system, the reaction is no
longer limited by chemical equilibrium. Therefore, higher conversion can be

accomplished without intensive energy consumption. Waldburger et al.'>

reported a paper
on discussing the continuous tube membrane reactor. Compared to the traditional
distillation process, the pervaporation-assisted process reduces the amount of energy

requirement about 75% and 50% of total cost. Jyoti et al.'

disclosed a review paper on
pervaporation. In the article, various factors such as temperature, catalyst concentration,
etc. are being examined fully. The authors also suggest combining PV with other reaction
units to achieve high product purity. Lee et al.!” proposed a process describing the
esterification of ethyl acetate. Ethyl acetate, namely the desired product, is firstly side-
drawing from the RD column and successively fed to the pervaporation module. The

optimal design of the hybrid process saves 13% of energy compared to the two-columns

process.

11
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1.3. Literature survey

Gao et al. reported a paper on the LiE process by using single reactive distillation
column. Whereas the process is on an experimental scale and the reaction kinetics only
considered the main esterification of L; with EtOH.!'® Daengpradab et al. provided a
process regarding commercial scale production of L1E, which consists one RD column
and three separation columns. Nevertheless, the kinetics described in the process is also
too simplified that neglected the oligomeric reactions.! Asthana et al. proposed a process
concept on producing ethyl lactate as shown in Figure 1.3. The process mainly includes
two RD columns, one for undergoing esterification of L1E (RDC1 in figurel.3), another
for transesterification reactions (RDC2 figure 1.3). However, transesterification is nearly
impossible to achieve thus no further literature is unveiled regarding transesterification.®
Miller et al. disclosed a commercial scale process concept with completed reaction
kinetics to produce LiE. The major difference of this process is that the RDC2 in Figure
1.4 will undergo hydrolysis instead of transesterification. However, it required two RD
columns and one product separation column in the reaction part, which costs a lot.
Furthermore, they did not specify which configuration would be implemented in the

downstream separation part.'

12
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RDC1: Esterification column
C1: Product column

EtOH

H,0 RDC2: Transesterification column
EtOH E: Ethanol recovery unit
Ly 5
] > N—
RDC1
High purity L,E H,0
FreshEtOHY BN pHTY EtOH
c1 RDC2
L, LE
Lz LzE LZ LZE L.E
L; LsE 1
L3 L3E 3 L3 LZE

EtOH

H,O0

Figure 1-3 The process concept by transesterification issued by Asthana et al.®

RDC1: Esterification column
C1: Product column

EtOH

H,0 RDC2: Hydrolysis column
EtOH E: Ethanol recovery unit
L1 “ [ >
RDC1
High purity L,E H,0
Fresh EtOH N Bh purtty L, EtOH
c1 RDC2

L, LE H.0

Lz L2E LZ LZE

L3 L3E L3 L3E

Ly

Figure 1-4 The process concept by hydrolysis issued by Miller et al.!
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1.4. Research motivation

Up to this point, no commercial scale ethyl lactate production process that

considering the oligomeric reactions are being studied. Additionally, in order to tackle

with the downstream EtOH/H>O azeotrope, effective separation method is needed.

Depending on the research done by Miller et al., the objectives of the research are as

following.

(1) Propose a complete commercial scale ethyl lactate production process with the

consideration of oligomerization in the system.

(2) Reduce the number of columns in reaction part to save energy.

(3) Implement cost-effective separation configuration.

14
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1.5. Dissertation organization

This thesis focus on the steady state design of economical plant-wide ethyl lactate

production process. The overall work can be categorized into 5 cahpters:

Chapter 1 — Introduction: introduction of ethyl lactate, reactive distillation,

pervaporation, literature survey, and research motivation.

Chapter 2 — Model Building: thermodynamic, reaction kinetic, and pervaporation

model building of the whole system.

Chapter 3 — Steady state design: designing the process based on the thermodynamic

properties, kinetic, and pervaporation model in chapter 2. The design will be

discussed into two parts: the reaction section and the separation section. Then,

economic analysis for various configurations are being studied to figure out the most

cost-effective design.

Chapter 4 — Results and Discussion: Discussion of the optimal results based on the

various design variables.

Chapter 5 — Conclusion

15
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2. Model Building
2.1. Thermodynamic Property
Distillation is achieved through the difference ofrelative volatility of each components.
Accurate thermodynamic model should be carefully chosen to account for the vapor-
liquid equilibrium (VLE) and vapor-liquid-liquid equilibrium (VLLE) in the system.
There are two types of thermodynamic models that can be used to describe the phase
equilibrium, the Equation of State and the Activity Coefficient Model. The NRTL (Non-

Random Two Liquid) model, which listed in equation 2-1, is being used in the research.

11’1)/- = TJl z x] ij [ o Zﬁilkakinj
' lexk 2ty Grj Xy fi Yisq Grjx
bl-j (2-1)

Gij = exp(—aij‘rl-j),‘rij = al-j + ,al-j = Cij’ Gii = 1'Tii =0

T
As for the vapor phase, the second virial coefficients of Hayden -O’Connell?° listed
in equation 2-2 is used to fully consider the dimerization and trimerization of lactic acid

in the vapor phase.

B
In=1+55 B =) > xixh (2-2)
i
Table 2-1 shows the source and the binary interaction parameters in the ethyl lactate
system. While the parameters could not found in the built-in Aspen database, the UNIFAC
functional group contributions and the Dortement method are being used to estimate the
parameters. Based on the model above, Table 2-2 lists the comparison of normal boiling
16
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point (NBP) of pure components and the azeotropic temperature between the model and

the experimental data. Figure 2-1 shows the binary diagram at 1 bar of the system. It can

be found that the NRTL-HOC model is in good agreement with the experimental data.

17
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Table 2-1 Source and binary interaction parameters of LiE system

Component 1 Component 2 Source ajj aji bij (K) bji (K) Cij
L, EtOH UNIFAC 0 0 13.3045 30.4187 0.3
L:E UNIFAC 0 0 382.505 -287.146 0.3
H>O UNIFAC 0 0 -363.348 823.798 0.3
L UNIFAC 0 0 199.205 -130.146 0.3
Ls UNIFAC 0 0 -433.467 618.048 0.3
EtOH L:E UNIFAC 0 0 343.39 -233.071 0.3
H:O0 Aspen built-in -0.8009 3.4578 246.18 -586.081 0.3
| ) UNIFAC 0 0 342.207 -248.824 0.3
Ls UNIFAC 0 0 753.472 -412.698 0.3
L:E H:O UNIFAC 0 0 -260.95 1179.05 0.3
| ) UNIFAC 0 0 -632.572 1091.56 0.3
Ls UNIFAC 0 0 -361.803 494.394 0.3
H:O L UNIFAC 0 0 1326.35 -404.623 0.3

18
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Ls

UNIFAC

1458.93

-448.795

0.3

Ls

UNIFAC

81.8535

-209.336

0.3

19
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Table 2-2 Ranking of azeotropic temperatures and pure component NBP temperatures

Experimental

Model Prediction

Composition Temp. (°C)

Composition

Temp. (" C)

H,O/ EtOH (0.106/0.894) 78.12 (0.112/0.888) 78.12
EtOH - 78.31 - 78.29

H,O/LE N/A N/A (0.969/0.031) 99.85

H:0 - 100.00 - 100.02
LiE - 154.00 - 154.49
L1/L> N/A N/A (0.404/0.596) 215.38
L, - N/A - 215.88
| - 122.00 - 124.60
L; - N/A - 345.90

*Measured at 15 mmHg
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Figure 2-1 Binary diagram at 1 bar of ethyl lactate system
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2.2. Reaction Kinetics

Although the reaction routes of the LiE system seems to be complicated, some
methodology can be applied to further simplify the system. According to the research
done by Asthana et al.?!, since the equilibrium constants of equations (4) and (5) are
relatively smaller than others, only trace amount of L;E and L3;E are found. Besides, no
literature is being reported to support transesterification routes (Eq.s (6) to (8)). In
conclusion, equations (1) to (3) are enough to represent the system. The kinetic

parameters from Su et al.??

are provided in Table 2-3. For this system, Amberlyst 15 is
used as the catalyst. It should be noticed that this reaction kinetic model is catalyst-
weight-based (mcar). Thus, the conversion of tray volume between catalyst weight is
necessary. One can solve by assuming that the solid catalyst occupies 50% of the liquid
holdup in RD column trays and the density of the catalyst is 770 kg/m®. Figure 2-2 shows

the verified results of the kinetic model. Solid lines and different symbols represent the

simulation results and experimental data, respectively.
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Table 2-3 Kinetic model for LiE system??

L E = M, (kg L,EXL, XEtOH — K, L1EXL1EXH20)

ke 1,g = 6.52 X 103 exp (— 4?;0) K, L,g = 2.72 X 103 exp (_ 45:)T00)
Iy, = Meae (K, L, XL, XL, — k. szszLz)
ke 1, = 1.10 X 10 exp (— SZP?TOO) ke 1, = 5.54 X 10 exp (_ 52}:)T00)
Iy, = mcat(kf, L3 XL, XL, — kr, L3XL3XH20)

-1 50800 50800
ke 1, = 4.56 X 107" exp (_ RT ) Ky 1, =2.28 X 10exp (— - )

1i (kmol/s), mcat (Kgcat), ki (kmol/(kgcas)), R =8.314 (kJ/(kmol/K)), T (K), xi (mole fraction)

0.8
@EOH XL,
®H,0 AL
ALE
EtOH |
0.6
[ *
e @ ) ° ° .
c
2
©
£ 04
-
°
2
H,0 ” s o ® hd * 4
0.2
LlE N . " A A
A
L,
= . ] n n n [}
0 Bk T —FFF—3 x X x L
0 250 500 750 1000
Time (min)

Figure 2-2 Verification of kinetic model between experimental data
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2.3. Pervaporation Model

2.3.1. Preface

For the sake of simulating the pervaporation membrane, using additional software,
Aspen Custom Modeler is necessary since there is no existing pervaporation module in
the Aspen Plus.

There are numerous equations of phase equilibrium in the process of pervaporation.
Apart from the common mass balance equation and energy balance equation, equations
for component flux are also essential. Therefore, many types of equations are being
studied to best describe the behavior of component flux.

The Fick’s Law is most general equation to describe the flux of the component in
the membrane. To be more specific, the type of the Fick’s Law is the product of the
diffusion coefficient and the driving force. For the diffusion coefficient, it is usually
expressed by the Arrhenius equation, which affected by the temperature. In the research,
the Lumped System Method by Luyben? is used to simulate the pervaporation module.
Besides, the performance of the membrane is presented by two factors, the flux (J;,

kg*m**h™) and the separation factor (o), which defined as equation (2-3) and equation

(2-4):
w;
Ji = Ixt (2-3)
Vi
o= (1;—1%) 2-4)
(1—x)

where W, is the weight of component i at permeate side (kg), t is the time interval of
pervaporation (h'), y; and x; represent the weight fraction of component i at permeate
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side and feed side, respectively, and A is the effective membrane area (m?).

During the process of pervaporation, the flux is an important index for determining
the quality of the membrane. Generally speaking, the flux plays an much more important
role than the separation factor in the hybrid pervaporation unit. In order to obtain a higher
separation efficiency, the flux should be maintained as high as possible. As a result,
keeping both variables, that is, the diffusion coefficient and the driving force at higher
value is reasonable. To illustrate, the driving force is provided by the vacuum pressure at
the permeate side. As more and more components permeate through the membrane, the
concentration of each component at the retentate side declines. Therefore, the flux
decreases as a result of the declination of the driving force. This is also the reason why it
is difficult for targeting the high purity product through the process since the flux is low.

Another variable for increasing the flux is the diffusion coefficient. According to the
Arrhenius Equation, elevating the temperature can have positive effect on the diffusion
coefficient. Consequently, it is normal to adjust the operating temperature at a higher
value to increase the flux. However, as the components continuously permeate from the
retentate side to the permeate side, the temperature of the stream will decrease as a result
from continuous vaporization. Whereas, this will bring a negative influence on the
separation function of the membrane. Accordingly, instead of using a huge membrane
module, divide the membrane into several smaller units is more practical. Moreover,
implement heaters between each membrane module for compensating the effect of
temperature declination is feasible. Though implementing the heater would cause the cost
to rise under the condition of fixed product purity, the required membrane area would

reduce thus lower down the investment cost of membrane drastically.
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2.3.2. The influence of feed condition on membrane performance

For the pervaporation, various feed conditions would contribute to different impact
on the membrane. In 2010, Anton studied a set of influential variables, including feed
pressure, feed temperature, feed rate, and feed concentration on the performance of the
membrane.?*

The pervaporation refers to the process when the feeding liquid vaporizes through
the membrane while contacting the membrane. Since the retentate side remains at liquid
phase, the feed pressure has slight effect on the membrane performance.?

As for the feed temperature, just as discussed in section 2.3.1, while increasing the
operating temperature, the diffusion coefficient would increase as a result. Hence, the flux
would also rise. Nevertheless, the separation factor would decrease at the same time. The
phenomenon can be originated from the reason that the diffusion coefficients of both
wanted and unwanted components will be boosted while increasing the operating
temperature. As a consequence, an inverse correlation will appear between the separation
factor the temperature.

Thirdly, the effect of feed rate is similar to the effect of feed temperature. While
increasing the feed rate, the influence of temperature declination would decrease. It is
beneficial for increasing the flux through the membrane. However, the growth of the flux
and the feed rate are not in proportional relation. Therefore, the product purity would
contract while increasing the feed rate.

Last but not least, the pervaporation is a process of mass transfer. More specifically,
the driving force rules the amount of each component transferring through the membrane.
For example, increasing the product purity at the feed side also represents that the amount
of unwanted components at the feed side are in small amount. As a result, the driving

force is relatively small between the retentate side and the permeate side. This can also
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applied to the condition that if the product purity at feed side were nearly 100%, the

performance of the membrane would be disappointed.
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2.3.3. Pervaporation module

In this research, the pervaporation model is based on the model proposed by Luyben
in 2009.2* With dividing the membrane into several cells, the analysis of mass balance,
energy balance, and mass transfer in each section can be described successfully. This
method is called Lumped System Method. The advantages of Lumped System Method is
that it is convenient since we do not need to tackle with the partial differential equation
as in perfect plug flow. The more cells divided in the Lumped System Method, the closer
to the perfect plug flow. Figure 2-3 shows the comparison between the Lumped System

Method and the perfect plug flow.>*

Comparison Lumped system and perfect Plug Flow

0.93 . T T T
0921
091
=
2 pot
=
§ 089
S
T
= 086 Perfect Plug Flow
~ C Lumped System (1 Lump)
nea7 — - — Lumped System (3 Lumps) 4
*  Lumped System (5 Lumps)
0.65 #*  Lumped Systern (10 Lumps)
: +  Lumped Systern (50 Lurmnps) | |
0.85

0 a0 100 180 200 250 300 350 400 450 500
length {m)

Figure 2-3 The comparison between the Lumped System Method & perfect plug flow?*
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A TALALA A4 14,4
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Figure 2-4 Systematic diagram of the Lumped System Method

By dividing the membrane into several small cells as shown in Figure 2-4, one can

take a cell as a control volume to study the total mass balance, component balance, and

energy balance as described in equation (2-5), equation (2-6), and equation (2-7),

respectively:

dMpg

“dr =0 =Frn-1 = Frn —Fpn (2-5)
dZR,n,i _

MR dt - FR,n—lzR,n—l,i - FR,nZR,n,i - l:‘P,nZP,n,i (2 - 6)
dZR,n,i _

MR dt - FR,n—lzR,n—l,i - FR,nZR,n,i - l:‘P,nZP,n,i (2 - 7)

where

MR is the molar holdup in the membrane: different membrane area correspond to different

value of Mr. The relation is that every square meter of membrane area corresponds to a

hold up of 0.003 (m*)?¢.
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Fn is molar flowrate from cell n, and the subscript R and P are represented as retentate or

permeate side respectively.

z; is the molar fraction for species 1.

h is the molar enthalpy of liquid in retentate side, and H is the molar enthalpy of vapor in

permeate side.
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2.3.4. Pervaporation model for ethyl lactate system

The membrane called PERVAP® is used for simulating the ethyl lactate system. It
is a commercial membrane provided by Sulzer ChemTech. Table 2-4 lists the operating

conditions of the membrane.?’

Table 2-4 The operating limitations of PERVAP® 2201%’

The properties of PERVAP® 2201 (as reported by the manufacturer)

Manufacturer: Sulzer ChemTech.

Maximum temperature (°C) 105
Maximum water content in the feed <50
Organic acids <50
pH 2-7

For the system of ethyl lactate, Delgado et al. released their study referring to the
parameters of the mass transfer. The driving force is weight concentration based, which

is shown in equation (2-8) and (2-9):

The flux of H,O:

—E
Jw = k, exp (R_'IP> [exp(kbww,f) - 1] (2-98)

The flux of other organic compounds:

D
J = Ko exp () exp(u Wi 2-9

where w is the concentration at the feed side, and the subscript w and 1 are represented as
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water or organic compound, respectively (kg/kg). J is the flux crosses the membrane
(kg*h'*m™).

The parameters are shown in Table 2-5. It is worth to notice that the membrane is
really unfavorable for organic components. Also, the feed stream to the pervaporation
module composed relatively small amount of L, and L3 in the system. Therefore, the flux

of L, and L3 can be reasonably neglected.

Table 2-5 Pervaporation parameters for L1 E system

Component ka (kgh'! m?) Ep (kJmol™) ko (kgh™! m?)
H>O 1.19 x 107 49.96 2.17
EtOH 425 x 10° 51.41 8.10
LiE 1.93 x 103 40.93 9.58
Li 9.72 x 108 76.89 6.34
32
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Figure 2-5 (a) and Figure 2-5 (b) shows the validation between the experiment and

simulation results. The symbol and the line represent the experimental data and the model,

respectively.
4.5
® Exp.data @327.15K Model @327.15K (a)
?' A Exp. data @348.15K ——Model @348.15K
E ;
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£
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=
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Figure 2-5 The validation of the membrane model for (a) water; (b) organic
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3. Steady State Design
3.1. Preface

The process designed here is to construct the commercial L1E production process.
The commercial simulator, Aspen Plus v9.0 is used for simulation. The membrane module
for PV is developed and implemented into Aspen Plus interface via Aspen Custom
Modeller. The annual LiE production rate is set as 25 million pounds (roughly as 13.88
mole/min). The specification of LiE is 0.990 (molar basis) to meet the product
requirement. Besides, the purity of three feed streams, namely, EtOH, L1, and H>O are

0.900, 0.152 and 0.995 (molar basis), respectively.

34

doi:10.6342/N'TU201802026



3.2. Reaction Section

Figure 3-1 shows the base case simulation results of the reaction part from the
process concept of Miller et al. (2010). It consists of two RD columns as denoted as RDC1
and RDC2 and one conventional distillation column (C1) separating L1E from the top.
By analyzing the composition profile in RDCI1 (Figure 3-2), we found that the highest
purity of the desired product, L1E does not appear in the bottom. Instead, it arises on the
57" stage and shows the purity of 0.964 that is higher than 0.920 in the bottom stream.
Therefore, it can be fairly considered to draw a side stream from the middle of RDC1 to
replace Cl1.

Figure 3-3 shows the modified design of the reaction part. The product (L1E) is taken
from the 39" stage of RDCI as a side draw. Additionally, by changing the operating
condition, such as the reboiler duty, LiE in the side draw can meet our specification of
0.990. By comparing this novel configuration with the original design, the energy has
been saved for about 22.3 %.

For the further design of the process, the Mix stream from reaction section should
be fairly treated. The Mix stream composes mainly of EtOH and H>O thus separating
them by single distillation column is almost impossible because typical azeotrope will
appear. In addition, in order to lower down the raw material cost of EtOH and H>O in

reaction section, effective separation technique for treating Mix stream is necessary. As a
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consequence, different separation configurations will be discussed in the following

section.
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Figure 3-1 The simulation results from the process concept of Miller et al. (2010)"
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Figure 3-3 The simulation results of modified process for reaction part
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3.3. Separation Section

In this section, two approaches of separating EtOH/H>O azeotrope will be introduced.

Namely, the conventional technique called extractive distillation and the novel

pervaporation method. Figures 3-4 (A) and (B) show the optimal results of RD + ED and

RD + PV systems, respectively.
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Figure 3-4 The optimal results for (A) RD + ED configuration; (B) RD + PV configuration
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3.3.1. Extractive Distillation

For the RD + ED system, the detailed optimizing procedure will be discussed in section
3.3. The entrainer used in the extractive section is glycerol. Figure 3-5 shows the residual
curve map of adding glycerol into EtOH and H>O at 1 bar. The reason of choosing
glycerol is that it is non-toxic and effective in extracting EtOH from H>O. According to
Lee and Pahl?’, the effect of introducing glycerol can be observed from Figure 3-6, which
is the pseudo-binary vapor—liquid equilibrium diagram for ethanol-water—glycerol
system. Glycerol obviously eliminates the EtOH/H>O azeotrope and changes the VLE
curve. Besides, one should note that glycerol is relatively sensitive to temperature. The
component will crack down at 293 °C. Hence, the pressure of the entrainer recovery
column (C2 in Figure 3-4 (A)) is set as 0.3 bar to ensure our design is practical. For the
separation part, C1 represents the column to recycle our reactant, EtOH from the top (D3).
The rest of water and entrainer will come out from B3 then fed to C2. The goal of C2 is
purifying glycerol coming out at B4. Furthermore, since the boiling point of water is less
than glycerol, water will come out from the top (D4). Last but not the least, because the
amount of required H>O (1.200 kmol/hr) in RDC?2 is less than the amount from D4 (5.905

kmol/hr), purging excess H>O is necessary.
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3.3.2. Pervaporation

The detailed optimizing procedure for RD + PV will be elucidated in section 3.3.
Since the H>O content in Mix excesses the upper operating limitation of the membrane,
introducing a pre-concentrator (C1 in Figure 3-4 (B)) before the pervaporation module is
inevitable. The aim of the pre-concentrator is to enrich the content of EtOH in a stream.
In other words, most of H2O in Mix will come out from the bottom of C1. Again, the
required H>0O (1.200 kmol/hr) in RDC2 is in relatively small amount, so splitting excess
H>O from the bottom is essential. On the other hand, most of EtOH will come out as a
distillate (D3) then sent to the membrane module. Four identical membranes are in a
parallel arrangement. Each of them has the area of 21.65 m?. As reported by Lee et al.!”,
factor such as the composition in the feed will drastically influence the needed membrane
area. Accordingly, arranging in a parallel way of this special type of membrane needs less
area than series arrangement. Because the membrane is preferably water-permeable, the
retentate side comprises mostly of EtOH, which can be recycled back to RDCI1 as a
reactant. Diversely, the rest of EtOH and a majority amount of H>O will constitute the

permeate side, which will be sent back to C1 for further purification.

45

doi:10.6342/N'TU201802026



3.4. Process Optimization
The objective of optimization for these two process (RD + ED and RD + PV) is to
identify which one is much more economical-competitive. The total annual cost (TAC)
analysis is used in this study. The function of calculating TAC is shown in equation (3-1),
which is a combination of annual operating cost (AOC) and annualized total capital cost
(TCC).
TCC

TAC = AOC 3—-1
+ payback period ( )

The payback period is set as 8 years in this study. The reason for choosing 8 instead of
3 years is that in real-world industry, 8 years is more practical. The calculation for column
and heat exchanger as provided in Appendix is based on Douglas®®. The piping and
pumping cost are ignored for the analysis. The membrane price is taken from Van Hoof

131, and the lifetime of the membrane is assumed as 3 years. Furthermore, the cost of

eta
the membrane is composed of two parts: the membrane material with cost per area and
the membrane modules with cost per unit.>* The capital and operating cost of the vacuum

system are based on Woods*? and Oliveira et al. >’

, respectively. As for the vacuum cost

of the ED system, the calculation is rooted on Seider et al.>* Eventually, all variables are

divided into two parts for subsequent discussion.
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3.5. Variables in Reaction Section

In optimizing RDC1 in the reaction section, there are several variables need to be

classified, including column pressure, side draw flow rate, side-drawing stage, reactants

feed ratio, reactants feed stages, and number of trays in rectifying, reactive, and stripping

section. As for RDC2, most of the variables are the same as RDC1 except for side-drawing

stage since no side draw is presented in the column. Next, some assumptions are being

made to simplify our procedure:

(1) The column is operated under normal pressure while cooling water can be used.

(2) The flow rate of side draw is fixed as 0.833 kmol/h to meet the requirement of product

volume and the product specification.

Finally, the remaining variables in the reaction section are listed in Table 3-1.
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Table 3-1 Remaining variables in reaction section

Column Variables

RDC1  sidedrawing stage (NLig);
EtOH/L; feed ratio (FR1);
L, feed stage (Fr1);
EtOH feed stage (Fewon);

number stages of enriching, reactive, stripping section (Nga1, Nr1, and Nsi)

RDC2  EtOH/L; feed ratio (FR2);
H>O feed stage (Fi20);
B1 feed stage (Fg1);

number stages of enriching, reactive, stripping section (Ngn2, Nr2, and Ns)
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3.6. Variables in Separation Section

To discuss variables in the separation section, we will discuss the ED system first,
then investigate the PV system. In the ED system, there are two columns, namely C1 and
C2. The feed ratio of GL/Mix will directly affect the cost of C1 because the more glycerol
introduced to the column the more energy is needed for separation. Also, the amount of
glycerol will influence the duty applied in C2. Hence, for optimizing the ED system, one
must lump C1 and C2 together for full consideration. As for the PV system, the EtOH
purity at D3 will not only have the impact on the cost of Cl1, it likewise affects the
membrane area. To illustrate, while choosing a higher purity of EtOH at distillate, smaller
membrane area is required and vice versa. Besides, the inlet temperature to the membrane
is fixed as 95°C to prevent exceeding the upper operating limitation®’. The permeate side
pressure is kept at 0.16 bar.>* According to Tusel and Briischke 2, the variation of inlet
pressure does not have a significant effect. Therefore, the inlet pressure is set as 5 bar to
avoid vaporization of D3 at 95 °C. Table 3-2 indicates the overall variables needed to be

optimized for both ED and PV system.
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Table 3-2 Variables for optimization for ED and PV

System

Variables

ED

GL/Mix feed ratio (FR3);
Mix feed stage (Fwmix);
GL feed stage (FaL);

C1 total stages (Nt1);

B3 feed stage (Fg3);

C2 total stages (N12)

PV

EtOH purity at D3 (Xk) and corresponding membrane area (Amem);

Mix feed stage (Fwmix);
permeate feed stage (Fp);

C1 total stages (Nt1)
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3.7. Optimization Strategy

The design procedure follows the direct search method proposed by Hooke and
Jeeves.* During the optimization, sensitivity test for the design and control variables can
be recorded and make the researchers easily understand the effect of these variables on
the process. The direct search method can be applied to most processes which are
simulated by some commercial simulators such as Aspen Plus. For the reaction section,
Figure 3-7 (A) and Figure 3-7 (B) represent the algorithm for optimization for RDC1 and
RDC2, respectively. For the separation section, Figure 3-8 (A) and Figure 3-8 (B)

represent the algorithm for optimization of ED and PV, respectively.
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Figure 3-7 The optimization algorithm for reaction section, (A) RDC1; (B) RDC2
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Figure 3-8 The optimization algorithm for separation section, (A) ED; (B) PV
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4. Results and Discussion

Before diving into the detailed optimization results between RD + ED and RD + PV

systems. It is vital to clarify the optimal recycled EtOH purity from the separation part.

This is because when the recycled EtOH purity decreases, the cost of separation would

lower down. Conversely, the cost of the reaction part would increase. Moreover, the purity

of EtOH recycled back to RDC1 could not be too small since it should be assured enough

to carry out the reaction in the reactive distillation column. Hence, one should scrutinize

this important trade-off first. Three different recycled EtOH purities (0.91, 0.95, and 0.99)

have been studied.

Figure 4-1 shows the effect of recycled EtOH purity on TAC for both RD + ED and

RD + PV systems. For the RD + ED system, the EtOH purity imposes slight influence on

the TAC. It only declines from 500.94 to 494.36 (1000 USD) when the EtOH purity

increases. The inverse correlation arises from the inherent characteristic of ED. To be

more specific, EtOH is the lightest component in C1 thus it will come out as a distillate

easily as glycerol is presented. Therefore, one can obtain a high purity of EtOH from D3.

Nevertheless, when reducing the EtOH purity from D3, more energy needs to be applied

to CI to drives more H>O to the top. Last but not least, no matter which purity of EtOH

is chosen, C2 must operate under atmospheric pressure to avoid cracking of glycerol.

Therefore, the high cost of the vacuum system in C2 is irresistible as shown in Figure 4-

56

doi:10.6342/N'TU201802026



450

400

350

TAC of RD + PV

300
0.90

550
421
— —— /. 500 2
501 +
498 194 s
355 3
339 450 O
Q
«—tr— RD+PV et
«=@-— RD+ED
400
0.93 0.95 0.98 1.00

EtOH Purity from Separation Part

Figure 4-1 Effect of various recycled EtOH purity on TAC for RD + ED and RD + PV

550
& 500
=+
o
o
©
Q 450
-
400
0.90

115
=@ RD+ED o)
(%)
=== \/acuum Syst. Cost 8
o— —— o 110 qEJ
>01 498 494 2
(Vs

e —aA

= 106 105 :E’
105 105 é
>

100

0.93 0.95 0.98 1.00
EtOH Purity from Separation Part

Figure 4-2 Effect of various recycled EtOH purity on vacuum system cost and TAC for

RD +ED

57

doi:10.6342/N'TU201802026



On the other hand, for the RD + PV system, a positive correlation could be observed.
Explicitly speaking, when the purity rises, one requires far more membrane area to attain
high purity EtOH. Especially, the phenomenon shows an exceedingly jump on TAC
(355.04 to 420.87) from 0.95 to 0.99. The reason can be explained from Figure 4-3, as
the purity increases, the cost of the membrane increases accordingly. Based on the
investigation above, 0.99 and 0.91 are selected as the recycled EtOH purity for RD + ED

and RD + PV, respectively.

450 150
==@—RD+PV 421
=== Membrane Cost
= @
Q- 400 100 o
+ 98 o
2 e
" o
°© S
o 350 50 5
< =
32
300 16 0
0.90 0.93 0.95 0.98 1.00
EtOH Purity from Separation Part

Figure 4-3 Effect of various recycled EtOH purity on membrane cost and TAC for RD +

PV
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For the variables in RD + ED configuration, the total stages of C1 should be studied

carefully. Figure 4-4 indicates the effect of total stages of C1. While increasing total stages

of C1, the total implemental cost (TIC) of C1 increases in considerably larger scale than

the total operating cost (TOC) of C2. Owing to the built-in identity of

EtOH/H>0/Glycerol system, the entrainer performs well by separating EtOH from H>O

under any stage of C1. This means that nearly trace amount of EtOH in B3 will go to C2,

thus the TOC of C2 remains almost the same. In this case, the total stages of C1 are

selected as 27.

115
——TIC of C1
. —te—TOC of C2 254
o TAC of C1+C2
2 110 —o—TAC of C1+ = 111
>
S 26
= 107
.g 105 /s =* A
S 106 105 105
103
100
26 27 28 29
N; of C1

260
=)
(%2
)
o
250 8
=
(o]
o
+
240 O
(¥
()
2
|_
230
30

Figure 4-4 Effect of total stages of C1 on the cost of ED system
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As for the configuration of RD + PV, the EtOH purity at D3 is influential in designing

the parameters of C1 and pervaporation unit. Figure 4-5 shows the inverse correlation

between the required membrane area and the reboiler duty of C1 under different EtOH

purity at D3. As increasing the EtOH purity, a lot more energy is needed for obtaining

high spec. of EtOH. On the contrary, less membrane area is required in this situation.

Following the discussion above, Figure 4-6 demonstrates the membrane cost, TAC of C1,

and TAC under various EtOH purity. The optimal EtOH purity that fed to the

pervaporation unit is 0.83 since it achieves the lowest TAC.
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Table 4-1 lists the detailed cost distribution of the RD + ED and RD + PV

configuration. Compared to the separation part, in reaction part, the column has more

stages to carry out both esterification and transesterification. Consequently, the cost for

the reaction section is larger than separation section in both configurations. While

investing in the operating cost in RD + ED, it is interesting to found that the cost of

vacuum system almost made up of 74% of the operating cost. In other words, in order to

prevent glycerol from losing its function, C2 must be operated under atmospheric

pressure, which pays a lot in using ED. As for the configuration of RD + PV, the operating

cost is just 2.70 (1000 USD). The considerable reduction can be contributed by the

following factors. Firstly, by implementing the pervaporation unit instead of ED, only one

column presents in the separation part. Hence, the capital cost is saved. Secondly,

considering that the amount of molar flow fed to PV is not that large, the required

membrane area is relatively small even if the cost for the membrane per square meter is

high. Additionally, the steam/cooling water cost in both configuration includes the

steam/cooling water utilized in distillation columns and heaters/coolers. To be more

specific, the steam cost in the reaction section in RD + ED and RD + PV is quite high

(18.34 and 24.98, separately.). This is because in order to lower down the loading of the

reboiler in RDCI1, it is wise to preheat the EtOH feed stream. Furthermore, the cooling

water cost in the separation section in RD + ED is about 17.03. The cost is mainly

62

doi:10.6342/N'TU201802026



generated from cooling down the entrainer stream to C1. In summary, by utilizing RD +

PV configuration, all merits that possess will cause it to save effectively around 31.47%

of TAC compared to RD + ED.
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Table 4-1 Detailed cost distribution of RD + ED configuration

RD + ED RD + PV
Payback Reaction Separation Reaction Separation
period: 1/8 | section section section section
1000 USD | capital Operating | Capital Operating | Capital Operating | Capital Operating
Column 286.25 43.37 257.94 16.68
Trays 18.05 1.82 16.26 0.76
Reboiler 0.05 0.47 0.04 0.18
Condenser 0.06 0.15 0.05 0.16
Heater/ 1.39 0.02 1.58 0.43
Cooler
Feed 0.06 0.02 0.01
Pump
Vacuum 0.24 | 105.47 0.24 0.67
Syst.
Catalyst 0.93 0.58
Steam 18.34 0.18 24.98 0.94
Cooling 0.47 17.03 0.48 1.09
water
Membrane 15.71
Summary 325.60 168.75 317.65 21.50
TAC 494.36 338.80
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5. Conclusion

This research proposes a novel LiE production process consisting of two different
separation configurations, namely extractive distillation and pervaporation. The process
1s targeting to synthesize 99 mol% LiE with EtOH and L, as reactants. For the reaction
section, a stream has being side-drawing from RDC1 to acquire LiE product. Compared
with the process concept by Miller et al.!, the advantage of adopting a side draw reduces
the cost of another column for product purification. For the separation section,
pervaporation intensifies the system appreciably more than extractive distillation since it
decreases a tremendous amount of operating cost in the system. To illustrate, about
75.99% of operating cost in separation part and 31.47% of TAC are being saved. In
conclusion, the RD + PV hybrid configuration is endowed with inherent economical-

effective potential in terms of process intensification.
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Appendix

A. Equation for Calculating the Equipment Cost

Most of the equations for calculating the cost are taken from Douglas and Seider et

al. The payback period is set as 8 years as mentioned in the above context. The M&S

Index is 1448.3 (2010, 1% quarter).

A-1 Equipment Sizing

A. Height of Column
L ft] =23 x (N;y—1)

where N is the total number of trays in the column.

B. Reboiler Heat Transfer Area

AR[ft?] = = _

_-URATR

where Ur is 250 [BTU/(h*ft?)].

C. Condenser Heat Transfer Area
Aclft?] = e

UcAT¢

where Uc is 150 [BTU/(h*ft?)].
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A-2 Equipment Cost

A. Cost of Column

Column cost [$] =22 x 101.9 X D} x L3892 x (2.18 +3.67)  (A-4)

where D¢ [ft] is the diameter of the column.

B. Cost of Tray

Tray cost [$] = 22 X 4.7 X DF5 X L X (1+ 2.18 + 3.67) (A-5)

C. Cost of Heat Exchanger

Heat Exchanger Cost [$] = A:Tgf x A%65 x (2.29 + F.) (A-6)

where F. is 5.0625 and 3.75 for reboiler and condenser, respectively.

D. Cost of Membrane Material®!

Membrane Material Cost [$] = 4;52'0 (A-7)
E. Cost of Membrane Module?*
Membrane Module Cost [$] = 125550 x (3%)0'3 (A-8)

where A [m?] is the membrane area for each module.
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F. Cost of Vacuum system

RD + ED system:

Steam — Jet Ejector Cost [$] = (=) x 1690 x §%41

CE
500
Flow rate [Ib/hr]

is the size factor.
Pressure [torr]

where CE is the cost index; S =

RD + PV system:>?

60><Fp><8.314><273.15)0.55

Vacuum Pump Cost [$] = 4200 X ( 3600x101.325

where F, is the total permeate rate through the membrane [kmol/hr].

G. Cost of Feed Pump?*

24><3600><FF)0.53

Feed Pump Cost [$] = 26700 X ( 50000

where Fris the total feed rate to the pump [m?/s].

73

(A-9)

(A-10)

(A-11)

doi:10.6342/N'TU201802026



A-3 Operating Cost

A. Steam and Cooling Water Cost*’

Annual Cost of the Steam = —— x 2 x 8150 (A-12)
1000 912
Annual Cost of the Cooling Water = 20 Q¢ 8150 (A-13)
1000 912
B. Power of Vacuum System®*
ky—1
Annaul Cost of Power = 8150 x 0.04 x {(FEXELEXTy fr )[(“’13) T _17)(A-14)
3600 kr—17 L\ Py

where k; is heat capacity ratio; Pop is the pressure on the permeate side.

C. Chilled Water Cost>¢
In this study, the permeate side is under the 0.16 bar. In order to cool it to the liquid,

the usage of chilled water is necessary which is $4.43/G]J.

D. Catalyst Cost (assuming a catalyst life time of 3 months)

Catalyst Cost [$] = catalyst loading [kg] X 7.7162% (A-14)
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